Abstract The reactor performance of two novel fluidized bed membrane reactor configurations for hydrogen production with integrated CO 2 capture by autothermal reforming of methane (experimentally investigated in Part 1) have been compared using a phenomenological reactor model over a wide range of operating conditions (temperature, pressure, H 2 O/CH 4 ratio and membrane area). It was found that the methane combustion configuration (where part of the CH 4 is combusted in situ with pure O 2 ) largely outperforms the hydrogen combustion concept (oxidative sweeping combusting part of the permeated H 2 ) at low H 2 O/CH 4 ratios (\2) due to in situ steam production, but gives a slightly lower hydrogen production rate at higher H 2 O/CH 4 ratios due to dilution with combustion products. The CO selectivity was always much lower with the methane combustion configuration. Whether the methane combustion or hydrogen combustion configuration is preferred depends strongly on the economics associated with the H 2 O/CH 4 ratio.
Nomenclature

Ai
Arrhenius pre-exponential factor (depends on reaction) Ar Archimedes number Pre-exponentional factor for permeability of Pd membrane (mol/m s Pa n ) Q Transfer term accounting for the change in volume R Gas constant (=8.3145) (J/mol K) r j
Reaction rate for jth reaction (mol/kg cat s) T 0
Wall temperature of the U-shaped membrane (K) T 1 Inlet temperature U-shaped membrane (K) t m,Pd
Pd membrane thickness (m) u 0
Superficial gas velocity at inlet (m/s) us L1,L2
Superficial gas velocity for phase L1 and cell L2 (m/s) u b,avg
Initial superficial bubble velocity (m/s) u mf Minimum fluidization velocity (m/s) u tot Velocity at bed inlet (m/s) v j,i
Stoichiometric coefficient for jth reaction and ith component V L1, L2 Volume for phase L1 and cell L2 (m 3 ) w L1,L2, L3 Weight fraction for phase L1, component L2 and cell L3 Two novel fluidized bed membrane reactors for ultra-pure hydrogen production with integrated CO 2 capture by autothermal reforming of methane have been proposed in Part 1 of this work. In the methane combustion configuration, ultra-pure hydrogen is obtained via perm-selective Pd-based membranes, while part of the methane fed is oxidised in situ to generate the energy required for the methane steam reforming allowing for overall autothermal operation. Use of pure oxygen, avoids nitrogen dilution keeping the required reactor volume small and enables integration of CO 2 capture, but requires and expensive cryogenic distillation unit, which could be circumvented by integrating the O 2 /N 2 separation inside the reactor by incorporating oxygen perm-selective (e.g. perovskite type) membranes. With experiments in a small pilot plant it has been demonstrated in Part 1 that autothermal methane reforming with in situ methane combustion can be carried out very efficiently (i.e. without any mass transfer limitations) in a fluidized bed membrane reactor without any problems associated with heat management. In the hydrogen combustion configuration, part of the permeated hydrogen is combusted to supply the energy for the methane steam reforming. In Part 1 the feasibility of the hydrogen combustion configuration has been experimentally tested and it has been shown that the permeated hydrogen can be combusted completely inside the Pdmembrane without additional catalyst and that the generated energy can be transferred back to the fluidized bed. Using oxidative sweeping on the permeate side of part of the perm-selective hydrogen membranes, CO 2 capture is integrated while use of oxygen perm-selective membranes in a high-temperature bottom section (required to achieve sufficiently high O 2 fluxes) in the methane combustion configuration is circumvented. For actual application of these oxygen perm-selective membranes, further development on the mechanical and chemical stability and sealing of these ceramic membranes is essential. However, the question remains whether the methane combustion configuration would be preferred, should the problems with oxygen perm-selective membranes be overcome. The objective of the second part of this work is to compare the reactor performance of the methane and hydrogen combustion configurations via a modelling study. First, the reactor model and the underlying assumptions are outlined, which is subsequently validated by experiments presented in Part 1. Then, the model is used to compare the reactor performance in terms of methane conversion, product selectivity and hydrogen recovery and the effect of the operating conditions thereon.
Fluidized Bed Membrane Reactor Model
A frequently used phenomenological description of the twophase flow phenomena in fluidized bed reactors is based on the bubble assemblage model, originally proposed by Kato and Wen [1] . In this one-dimensional model the fluidized bed is divided into a number of ideally-mixed reactors (CSTRs), with the same number of CSTRs for the bubble and emulsion phase where the size of the CSTR is related to the local bubble size. Based on this model, a one-dimensional two-phase model for a membrane-assisted fluidised bed reactor has been developed by Deshmukh et al. [2, 3] . Similar types of models have been used by the groups of Grace and Elnashaie and their co-workers [4] [5] [6] . In their model the number of CSTRs in the cascade and the sizes of the CSTRs are not directly related to the local bubbles size, but to the extent of gas back-mixing in each phase, which should be determined with independent experiments. A schematic representation of the gas flows between the compartments of the bubble and emulsion phases is depicted in Fig. 1 . The model assumptions are as follows:
• The reactor consists of one (hydrogen combustion configuration) or two (methane combustion configuration) membrane-assisted fluidized bed sections.
• In each section dead-end and U-shaped (i.e. with sweep gas) hydrogen perm-selective membranes or oxygen perm-selective membranes can be integrated.
• Each section consists of two phases, viz. the bubble and emulsion phase. • The gas flowing through the emulsion phase is considered to be completely mixed in each section and at incipient fluidization conditions. • The bubble phase gas is assumed to be in plug flow (i.e. large number of CSTRs), where the bubble size and the bubble rise velocity changes for each section.
• The heterogeneous reactions (methane combustion, methane steam reforming and water-gas shift reactions) take place only in the emulsion phase, assuming that the bubble phase is free of catalyst particles. (Note that it has been experimentally verified that the contribution by homogeneous gas phase reactions can be neglected).
• Gas removed from the fluidised bed via membranes is assumed to be extracted from both the emulsion phase and bubble phase, distributed according to the local bubble fraction. The gas extracted from the emulsion phase is subsequently instantaneously replenished via exchange from the bubble phase (to maintain the emulsion phase at minimum fluidization conditions) (following [2, 3] ).
• The bubble-to-emulsion phase mass transfer coefficients are assumed constant along the bed height for each section.
• A uniform temperature is assumed throughout an entire section of the fluidized bed, assuming no heat losses to the surroundings (adiabatic conditions) and no heat transfer limitations between the bubble and emulsion phase [7, 8] .
• Related to the U-shaped hydrogen perm-selective membranes: it is assumed that all the permeated H 2 is combusted inside the membrane (provided that sufficient O 2 is available, as was demonstrated experimentally in Part 1), that the outlet temperature of the sweep gas is equal to the uniform temperature in the bed and that the temperature of the U-shaped membrane equals the bed temperature.
The overall (bubble and emulsion phase) component mass conservation equations have been formulated, accounting for chemical transformations in the emulsion phase and a net gas production due to the chemical reactions and gas withdrawal (hydrogen) and feeding (oxygen) via membranes (see Table 1 , an explanation of the symbols used can be found in the nomenclature at the end of the paper). The overall energy balance equations have been listed in Table 2 , accounting for possible energy exchange via the sweep gas. These equations are solved for each CSTR in each section of the membrane fluidized bed reactor. The degree of back-mixing is represented in terms of the number of CSTRs in series, where N e stands for the number of CSTRs in the emulsion phase and N b for the factor of additional CSTRs in the gas phase. If N e equals 1, a completely back-mixed emulsion phase is represented.
Empirical correlations for the mass transfer coefficients and fluidization properties of the fluidized beds have been taken from [2, 3] and are summarized in Table 3 . Although these correlations were originally obtained for beds without internals, it is assumed that the fluidized bed reactor with membranes can be reasonably well described with these equations. By means of simulations and experimental validation, Deshmukh and co-workers have shown that the axial gas phase back-mixing in the emulsion phase is strongly reduced because of the presence of and permeation through the membranes. Typically, insertion of the membranes enhances bubble break-up, resulting in improved bubble-to-emulsion phase mass transfer [2, 3] .
The kinetic rate expressions for methane combustion, methane steam reforming and water-gas shift, summarised in Table 4 , are taken from [9, 10] . Although these kinetic rate expressions were developed for a different catalyst system, their use is justified h.l. since no kinetic limitations were observed (see Part 1). Selective removal of H 2 using Pd-based membranes has been modelled with a Sievert's type flux expression, using experimental data from [11] and experimental data reported in Part 1 (see Table 4 ). Pure component physical data have been taken from [12] , while mixture properties have been computed following Reid et al. [13] .
The overall feed ratios of CH 4 , H 2 O and O 2 to obtain overall autothermal operation for both reactor configurations can be easily determined by combining the methane steam reforming ? water-gas-shift reaction (1), with methane combustion (2) and/or hydrogen combustion (3):
Methane steam reforming + water--gas-shift:
Methane combustion:
Hydrogen combustion:
The overall reaction can thus be represented by 
In situ air preheating (concept 1) 
which can be further rearranged into
The amount of methane or hydrogen that needs to be combusted to achieve autothermal conditions relative to the amount of methane reformed and shifted then follows easily from:
Methane combustion configuration: Velocity of rise of swarm of bubbles
Initial bubble diameter (Porous plate distributor)
Volume of emulsion phase in the nth compartment V e;n ¼ A T hf Nb
Volume of bubble in the nth compartment
The relative amount of O 2 and steam required for autothermal conditions can be determined with the following equation:
where m i n is the stoichiometric coefficient of component i for a selected composition H i T is the enthalpy of component i for a selected temperature (J/mol) For a selected temperature, Eq. 6 can be solved for n using reaction Eq. 5, and consequently d (CH 4 combustion configuration) or v (H 2 combustion configuration) can be calculated. The overall O 2 /CH 4 and H 2 O/CH 4 ratios as function of the temperature to attain autothermal operation are given in Fig. 2 . For example, it can be seen that for a reactor temperature of 600°C, the overall O 2 /CH 4 and H 2 O/CH 4 ratios are approximately 0.379 and 1.242, respectively, which results in an overall production of 3.242 mol H 2 and 1 mol CO 2 per mol CH 4 . Note that from an overall energetic viewpoint, the methane combustion and hydrogen combustion configurations are identical and that the same maximal H 2 yield can be achieved, provided that complete CH 4 and CO conversion can be realized. The described reactor model is subsequently used to compare the actual reactor performance as a function of the operating conditions in terms of the following parameters: 
Model Validation
The fluidized bed membrane reactor model has already been validated for the methane combustion configuration in a previous work [11] . Here, model predictions are compared with experimental data [14] for the hydrogen combustion concept with hydrogen production via the dead-end membranes and energy supply via oxidative sweeping in the U-shaped membranes. For a selected case, the effect of the degree of gas back-mixing in the bubble and emulsion phases has been investigated and the results are summarised in Table 5 . The CH 4 conversion slightly increases when increasing the number of CSTRs for the bubble phase, while assuming the emulsion phase perfectly mixed. The reason is not the decreased degree of axial back-mixing in the bubble phase, but is related to a better representation of the change in bubble size along the bed height. For higher N b , the presence of smaller bubbles at the bottom of the bed is accounted for enhancing the mass transfer, resulting in increased CH 4 conversion [11] . As can be discerned from Table 5 , even when assuming an infinite number of CSTRs in the bubble phase, the model underpredicts the experimentally determined CH 4 conversion. The discrepancy is related to the extent of gas back-mixing in the emulsion phase. Fixing the ratio of the number of bubble phase CSTRs to the number of emulsion phase CSTRs (N b = 3), the degree of back-mixing in the emulsion phase has been reduced (N e increased), which resulted in a strong increase in the membrane flux through both types of membranes and corresponding increase in the CH 4 conversion. It can be concluded that for N e [ 6, the predicted fluxes match reasonably well with the measured fluxes, indicating that the membrane reactor can be best described by assuming both the bubble and emulsion phases in plug flow. Due to the presence of and permeation through the membranes the fluidized bed membrane reactor approaches the Holy Grail of chemical reaction engineers: the isothermal plug flow reactor. With simulations it has been confirmed that for the conditions investigated (low relative superficial gas velocities in combination with a relatively large gas extraction via the membranes) bubbleto-emulsion phase limitations and kinetic limitations are negligible. Finally, model predictions (assuming N e = 6 and N b = 3) have been compared with experimental data for two different H 2 O/CH 4 ratios (see Table 6 ), showing that the reactor model predicts the measured data reasonably well.
Comparison of Reactor Configurations
The CH 4 conversion, CO selectivity and total H 2 production rate at overall autothermal conditions have been compared for the two reactor configurations as a function of the load-to-surface ratio (L/S), defined as the volumetric methane feed flow rate divided by the total Pd membrane area, for different temperatures in the (top section of the) fluidized bed (see Table 7 ). With appropriate load-to-surface ratios virtually complete CH 4 conversion and comparable H 2 production rates can be achieved, however, the CO selectivity is always much lower with the methane combustion concept for all temperatures investigated. This difference is related to the fact that in the methane combustion concept, part of the CH 4 is converted in situ into CO 2 and H 2 O (in a bottom section) and that the additional steam thus produced helps shifting the reforming and water-gas-shift equilibria, while in the hydrogen combustion configuration the steam is produced inside the U-shaped Pd membranes and thus not available to shift the reactions towards the desired products. At an overall feed ratio of H 2 O/CH 4 of 1.75, the H 2 O/CH 4 in the top section of the methane combustion configuration actually amounts to 5, which explains the much lower CO selectivity with this configuration. For low H 2 O/CH 4 molar feed ratios, the hydrogen production rate is much higher with the methane combustion configuration (see Fig. 3 ), but at higher H 2 O/CH 4 molar feed ratios, the hydrogen production rate of the hydrogen combustion configuration strongly increases and at H 2 O/CH 4 ratios above 2, the hydrogen combustion configuration even slightly outperforms the methane combustion configuration. At these higher H 2 O/ CH 4 ratios the adverse dilution effect via direct oxygen addition outweighs the benefits of shifting the reaction equilibria by the additional steam production.
In the calculations for the methane combustion concept it has been assumed that pure oxygen either directly via the feed or via oxygen perm-selective membranes has been fed to the reaction mixture, which avoids a costly downstream CO 2 /N 2 separation, but also avoids dilution of the reaction mixture with N 2 , which would result in lower hydrogen partial pressures and hydrogen permeation fluxes. This effect has been quantified by performing simulations using air instead of N 2 , summarized in Table 8 . For a typical case (top section at 650°C and 2 bar with a H 2 O/CH 4 feed ratio of 2.48), the required membrane area increases with 27% (i.e. lower load-to-surface area) to achieve a similar reactor performance, in terms of H 2 production rate, H 2 recovery, CO selectivity and CH 4 conversion, when using air instead of pure oxygen.
In Fig. 4 the required membrane area to obtain complete methane conversion at a fixed CO selectivity of 0.02 is shown as a function of the operating pressure and temperature for the hydrogen combustion configuration. An increase in the reactor pressure has a twofold effect on the reactor performance: a higher pressure negatively affects the steam reforming reaction equilibrium, but increases the driving force for hydrogen permeation through the membranes. From the figure it is clear that the second effect dominates and the required membrane area strongly decreases when increasing the reactor pressure up to about 10 bar, after which the effect of the pressure levels off. An increase in the temperature strongly decreases the required membrane area due to its positive effect on the endothermic steam reforming equilibrium and the strong increase in hydrogen permeance through the membranes. The operating temperature is currently, however, limited to about 700°C for Pd-based membranes in view of membrane stability/life time. For the methane combustion configuration quite similar effects have been found and are not shown in this paper.
The required membrane area to achieve (virtually) complete CH 4 conversion and a target CO selectivity (and hence H 2 recovery) is shown in Fig. 5 for the hydrogen combustion configuration (at 750°C and 20 bar). The required membrane area increases with only 33% to reduce the CO selectivity tenfold from 0.02 to 0.002. However, to further decrease the CO selectivity, the required membrane area strongly increases, especially at lower operating temperatures (see Table 9 ). To decrease the CO selectivity from 0.02 to 5 9 10 -5 the required membrane area increases with 120% at 750°C, while at 650°C the required membrane area increases 10-fold! For the methane combustion configuration similar results were found, but the CO selectivity is already much lower due to the in situ steam generation. Finally, the reactor performance in terms of CH 4 conversion, CO selectivity and H 2 recovery is plotted as a function of the load-to-surface ratio (reciprocal to the required membrane area) in Figs. 6 and 7 for different temperatures and pressures for the methane combustion configuration. Figure 6 clearly shows that for each temperature and pressure investigated, complete CH 4 conversion can be achieved with a load-to-surface ratio below 1, while with a load-to-surface ratio above 100 the equilibrium CH 4 conversion is obtained and the extent of hydrogen extraction via the membranes is too small to affect the steam reforming equilibrium. With a load-tosurface ratio below 0.6 complete CH 4 conversion, maximal H 2 recovery and minimal CO selectivity can be realized. However, a good compromise between reactor performance and membrane investment costs is probably achieved with a load-to-surface ratio of 1-6, with which about 80% H 2 recovery and over 90% CH 4 conversion is obtained. However, for this case the CO selectivity might easily exceed 20%, so that a post-treatment of the retentate might be necessary. Alternatively, higher H 2 O/CH 4 ratios could be used. For the hydrogen combustion configuration the same trends as presented in Figs. 6 and 7 are found with the exception of a much higher CO selectivity than with the methane combustion configuration.
Conclusions
The reactor performance (CH 4 conversion, CO selectivity, H 2 production rate) of two reactor concepts for autothermal reforming of methane with integrated CO 2 capture has been compared with a phenomenological reactor model, which was validated with experimental data. The required load-to-surface ratios (reciprocal to membrane area) have been determined at different operating conditions (pressure, temperature and H 2 O/CH 4 ratios). It was found that with low H 2 O/CH 4 ratios (\2) the methane combustion concept (with pure oxygen, either fed directly or via oxygen perm-selective membranes) largely outperforms the hydrogen combustion concept (with oxidative sweeping), due to the in situ steam production. However, at higher H 2 O/CH 4 ratios the hydrogen production is slightly higher with the hydrogen combustion configuration, since it avoids dilution with combustion products. At the H 2 O/CH 4 ratio required for overall autothermal operation (1.24) higher CH 4 conversions and much lower CO selectivities can be realized with the methane combustion configuration. However, whether the methane combustion or hydrogen combustion configuration is preferred depends strongly on the economics associated with the H 2 O/CH 4 ratio, i.e. the costs for steam production/availability of (high pressure) steam and the catalyst requirements to avoid carbonaceous deposits. In addition, for the methane combustion configuration an additional costly high-temperature bottom section with oxygen perm-selective membranes is required.
